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To model a biphasic stirred tank reactor, intrinsic reaction kinetics and interfacial area are required. In this study, reactor
modeling for n-butyraldehyde aldol condensation was investigated under industrially relevent conditions. The interfacial
area in the reactor was directly measured using a borescope system under appropriate temperature, NaOH concentration
and rpm conditions. To estimate the interfacial area, a semiempirical correlation was developed, which provides good esti-
mates within =15% error. The reactor model based on two-film theory was developed, combining the interfacial area and
intrinsic reaction kinetics reported in our prior work. The model was verified by reaction experiments in the range 0.05—
1.9 M NaOH, 80-130°C, and 600-1000 rpm. The prediction errors using the interfacial area from direct measurements
and the correlation were *8% and *15%, respectively, suggesting that the model accuracy may be improved with better

interfacial area estimation. © 2015 American Institute of Chemical Engineers AICRE J, 61: 2228-2239, 2015
Keywords: biphasic reactor modeling, stirred tank reactor, interfacial area, aldol condensation, n-butyraldehyde

Introduction

Biphasic (liquid-liquid) reaction processes provide several
advantages over other types, including low pressure drop,
intimate catalyst—substrate mixing, high yield and selectivity,
and ease of catalyst recycling.'” For these reasons, biphasic
reactions such as olefin alkylation, aromatic nitration, and
alkaline hydrolysis are widely used in the refinery, petro-
chemical, fine chemical, and pharmaceutical industries.>™
Despite the prevalence of biphasic reactions in industry, little
fundamental work has been performed to clarify coupled
reaction-transport events in biphasic systems.® Investigation
of these issues and development of reactor models which
account for hydrodynamic and transport effects is essential
for design and scale-up of biphasic reactors.

Successful reactor modeling requires the knowledge of intrin-
sic reaction kinetics and its coupling with transport phenom-
ena.” A biphasic reactor contains two immiscible liquids with
liquid-phase catalysts. One phase, primarily organic phase,
includes the reactant feed and the other phase, mainly aqueous
phase, includes catalysts such as acid—base or organometallic
catalysts.8 Based on the reaction rate, there are three different
regimes to understand the phenomena in the aqueous phase,
where the reaction occurs.”!" The Hatta number (Ha), which is
the ratio of the reaction rate in the liquid film to the diffusion
rate through the film,'" is used as a criterion to characterize the
regimes. If the reaction is fast (Ha > 3), all reactions occur in
the film region of the aqueous phase and none in the bulk
region; this is called the mass transfer controlled regime domi-
nated by the reaction rate in the film.'? Under these conditions,
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the Danckwerts penetration model'? is preferred to estimate the
reaction rate in the film.'* For intermediate rates, reactions
occur in both the film and the bulk regions because the reactant
concentration in the bulk region is nonzero. In this regime,
Quadros et al.'® used the film model for benzene nitration in a
continuous-flow stirred tank reactor. The penetration model
may not be appropriate in this case due to the difficulty in
determining the bulk-phase reactant concentration. In the third
regime where the reaction is slow, there is no film resistance
and the overall reaction rate is determined only by its intrinsic
kinetics; this is called the reaction controlled regime.15 In the
cases of fast and intermediate reaction rates, knowledge of both
interfacial reaction kinetics and interfacial area are required to
understand the reactor behavior. However, determining the
models and parameters describing these phenomena is challeng-
ing due to mass transfer disguised kinetics and difficulties in
measurement and estimation of the interfacial area.

To evaluate these effects, a suitable reaction must be con-
sidered. Base-catalyzed biphasic aldol condensation of
normal-butyraldehyde (nBAL) is conducted at the industrial
operating conditions of 80-140°C, ~5 bar, with 2—4 wt % of
sodium hydroxide (NaOH) as catalyst.16 This reaction is a
part of the oxo-alcohol process to produce 2-ethyl-1-hexanol
(2EH) which is commonly used to manufacture plasticizers
for polyvinylchloride.'® The reaction mechanism of aldol
condensation has been well studied as three steps for aldol
reaction and one step for condensation of water, leading to
the overall reaction expressed as below'’

2CsH,CHO —~C,H,;CHO+ H,O )

For an accurate reactor model, it is necessary to obtain
intrinsic reaction kinetics under industrially relevent condi-
tions. Applying the pseudo steady-state approximation with
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the first step (enolate formation) as the rate-determining,18 the
kinetics is simplified as first order. Although the reaction at
the industrial operating conditions is in the mass transfer con-
trolled regime, the intrinsic reaction kinetic parameters were
carefully determined using a stirred cell and the use of pene-
tration theory in our prior work'?

13.47 £ 0.39  kcal /mol

rnBAL:kCnBAh (k: 1.712X 1086_ RT CNaOH) (2)

With these kinetic parameters, the range of the Hatta number
for this reaction at the industrial operating conditions is 0.3—
1.5, which is in the intermediate reaction regime. In this
regime, to develop a reactor model, equations to estimate the
interfacial area must also be available. For this purpose, Sauter
mean diameter for dispersed-phase droplet is widely used as it
can be directly converted to the interfacial area through
a=6¢,/d3. Semiempirial correlations based on the critical
Weber number and the isotropic turbulence theory by Kolmo-
goroff have been developed to obtain the Sauter mean diame-
ter.'” Typically, correlations composed of the Weber number
and the turbulence damping factor are preferred.”” Although
this method is simple and easy to use, the parameters of the
correlations have to be determined individually for different
cases of reactor geometry and chemical properties.21

Experimental measurements of the interfacial area are needed
to develop and verify correlations. The chemical method has
been used to model a biphasic reactor."* In this method, the
global interfacial area is obtained from specific chemical reac-
tion systems, such as butylformate or diisobutylene, using the
Danckwerts penetration theory in a stirred cell or a stirred
tank.?>?* This method, however, has limitations because it does
not directly measure the interfacial area.”* Also, due to the
restriction of this method to Ha >3, it cannot be used for the
present cases of nBAL aldol condensation at industrial operating
conditions where 0.3 < Ha < 1.5. As an alternative, the measure-
ment of the interfacial area using a borescope is a direct and in
situ method.” In this technique, actual droplet pictures in a
biphasic stirred tank are taken by a CCD camera with a bore-
scope. The drop-size distribution and interfacial area are
obtained directly from counting droplets in the pictures.”® This
method, despite labor-intensive droplet counting, is acknowl-
edged to be the most accurate method to obtain the interfacial
area.”>” Because the aldol reaction is at 80—140°C and tempera-
ture can influence the interfacial area, the temperature effect has
to be considered. While there are many reports using various
methods to determine the interfacial area in a biphasic stirred
tank, the relatively high temperature and NaOH concentration
(1.14-1.9 M) effects on interfacial area have not been investi-
gated. In this light, the objectives of the present study are:

e Evaluate the effect of temperature and NaOH concentration
on interfacial area, based on experiments using a borescope
system and modeling using a semiempirical correlation

e Develop a film-based reactor model for the biphasic
stirred tank reactor with nBAL aldol condensation

e Determine the effect of the interfacial area modeling on
the accuracy of the biphasic reactor model.

Theory
Reactor modeling using the film model

In a biphasic stirred tank reactor for nBAL aldol condensa-
tion, the organic phase is composed of nBAL reactant and 2-

ethyl-2-hexenal (2EHEL) product, while the NaOH catalyst is
in the aqueous phase. The NaOH concentration is considered
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Figure 1. Schematic diagram of the biphasic interface.

constant in the aqueous phase with the assumption that the
dilution by water as a reaction byproduct can be ignored.
nBAL and 2EHEL are slightly soluble and nearly immiscible
in the aqueous phase, while NaOH is immiscible in the
organic phase. Thus, the reaction occurs in the aqueous phase,
shown schematically by the two film theory in Figure 1. The
film thickness 6 is determined by D /kr. The ultimate goal of
the modeling is to estimate the nBAL concentration in the
organic phase with time, to indicate reaction progress.

As a batch operation, the mass balance of nBAL in the
organic phase is described by Eq. 3

anBALforg _

Vorg d t

_Roverall; CnBAL,org:CzBAL,’org at r=0 (3)
In the case of intermediate reaction regime, the overall
reaction rate of nBAL is determined by mass transfer in the
organic film, mass transfer with reaction in the aqueous film
and reaction in the bulk aqueous phase.” Following the two
film resistance theory, the overall reaction rate can be
described by the molar flux of nBAL at the interface

Roverall = th-]nBAL |x=0 (4)

The film model assumes a stagnant film, which means no
change with time. The nBAL aldol condensation has been
confirmed as a pseudo-first-order reaction in prior work. '8
Thus, the mass balance of nBAL concentration in the film of
the aqueous phase is described by Eq. 5

CuBAL film=CppaLaq af X=0
) :
d”CyBAL film

D
dx?

—kCppaL film=0 ChBAL film =CnBAL bulk @f X= 0

C:BAL,aq = mC;BAL,org
®)

In the present work, the distribution coefficient, diffusiv-
ity, and mass-transfer coefficient for the continuous (aque-
ous) phase, including viscosity, and density variations, were
obtained from our previous study.'> From the solution of Eq.
5, the nBAL concentration in the aqueous film is

" k 1
CiBAL film= Chpar aq€OSh \/gx-l—

sinh Ha
- . k
(CrBALbulk —CrpaL aqCOSh Ha)sinh o

which is valid for 0 < x < ¢. The molar flux of nBAL in
the film is given by

(6)
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dCBAL film ki Ha
Jaga=—D fim ) _ !
oAk < dx ) sinh Ha
" k k
CnBAL,anOSh Ha— BX —ChBAL bulkCOsh Bx

@)

To obtain Cygarbulk, the mass balance of Cypar in the
bulk region of the aqueous phase is described by Eq. 8

dChBAL pulk _

epulk Vs i

=aVJuBAL =5~ bulk VikCrBAL bulk
{ CraL buk =0 at IZO} (3

Epulk = €aq ™ aé

From Eqgs. 7 and 8, we have
o

_ o
— 0\ ~
CupALbuk= — (1= ") ~ — (kt > 1) O
) %)
a Ha ki * _ _a Ha kL
where o= eounsinh Ha ~nBAL,aq? 0= puictanh, H +k

The assumption of Eq. 9 (kt > 1) 1s satisfied within 1 s in
the actual calculations for nBAL aldol condensation under
the reaction conditions. Therefore, with Eqs. 7 and 9, R,q is

given by
Roverall = thJnBAL |x=0 :avt mC;BAL,org
1 Ha (10)
b [ 1- ——
cosh*Ha+a3k ) tanh Ha
where a3 = ahulksglhfl;laaioshHa

The mass-transfer rate in the organic phase film is sim-
ply described by Eq. 11, because no reaction occurs in the
organic phase. The mass-transfer coefficient for the
organic phase as the dispersed phase is presented in
Appendix A

Roverann = thkL,org (CnBALAorg - C:;BAL,org) (11)

Eliminating C{gap o, from Egs. 10 and 11, the overall
reaction rate is rearranged as a function of the nBAL con-
centration in the bulk organic phase and the operating condi-
tions of temperature, NaOH concentration and the agitation
power, as shown in Eq. 12

Roverall = k;\,erauCnBALAorg (12)
where
[ 1 1
Koverali aV, m kg (1 — m) g [ﬁt}_l . aVik, org
(13)

In fact, we can view the two terms on the r.h.s. of Eq. 13
as the resistances corresponding to the aqueous and organic
phases, respectively to yield

1 1 1

=—+
Roverall Raq Rorg

(14)

which is the typical way to note that the overall resistance
equals the sum of the resistances in series.

Substituting Eq. 12 in Eq. 3, the latter becomes a simple
first-order linear ordinary differential equation for the
nBAL concentration in the organic phase, which has the
solution
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Using Eq. 15, it is possible to determine the change of
nBAL concentration in the organic phase, with time. How-
ever, this evaluation still requires information for the interfa-
cial area a as a function of agitation power, reactor
geometry, and hydrodynamic properties including density,
viscosity, and interfacial tension.

Interfacial area estimation

The dispersed phase in a biphasic stirred tank is composed
of several different sized droplets. The Sauter mean diame-
ter, obtained from the number of droplets (n;) with diameter
(d;), is useful to determine the interfacial area, representing
the droplet distribution of the dispersed phase. The Sauter
mean diameter is defined as

dyy= o4 — LT (16)

If the biphasic system is in turbulence so that drop diame-
ters are much larger than Kolmogoroff’s length scale and the
drop is inviscid, by combining the critical Weber number for
breakup of droplets by Hinze*® and Kolmogoroff’s theory of
isotropic turbulence,? the maximum drop diameter (dimax) is
described by Eq. 17%°

dmdx

= C\We %0 17
dlmp 17)

The maximum diameter is substituted with the Sauter
mean diameter following several reports that they are line-
arly proportionalzo’30_ENREF_3O, although some research-
ers' ™! disagree. Doulah* extended this equation to consider
that the Sauter mean diameter increases with the holdup of
the dispersed phase due to the coalescence and damping of
turbulence

d3

—= = C(14+Caorg)We 0 (18)
dlmp

C, is an empirical parameter which includes the effects of
reactor geometry, power number, and several proportional
factors, while C, represents the turbulence damping or coa-
lescence factor. The reported ranges of C; and C; values are
0.04-0.4 and 2-10, respectively.33 Equation 18 is the most
frequently used form to estimate the Sauter mean diameter.
Further, a viscosity factor has also been introduced to
include the effect of different chemical systems, as described
by Eq. 193433

d3 0.6 [ Ha “
= Ci(1+Crtorg)We ™™ <—) (19)
dimp He

C3 is an exponent for the viscosity factor, which has
reported values up to 0.44 for different chemical systems.*
Models for the interfacial tension used in this study are
described in Appendix B.

Interfacial Area

The interfacial area in the biphasic stirred tank reactor
for nBAL aldol condensation was evaluated through the
droplet pictures taken using a borescope system. A new
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Figure 2. Schematic diagram of the biphasic stirred
tank with the borescope system; 1-stirred
tank, 2-CCD camera, 3-Personal computer,
4-fiber optic strobe.

correlation for the interfacial area was developed after
assessing the predictions of literature correlations in com-
parison with the experimental measurements from this
work.

Experimental apparatus

The measurements of the interfacial area were conducted
in a 300 mL stainless steel reactor, with height to diameter
ratio 1.6. A four blade and 45°-pitched paddle was used to
agitate the biphasic solution. The diameter ratio of the
impeller to the reactor was 0.5. The visualization system
installed in the reactor consisted of a borescope with a sight
tube, a CCD camera, a fiber optic strobe and a personal
computer as shown in Figure 2. The borescope had a small
diameter (¢ =2.4 mm; Gradient Lens Corporation Pro
Superslim) to prevent the disruption of drop-size distribution
when installed in the reactor. The sight tube, using a 1/8" or
3/16" stainless tube and a borosilicate sight glass, was used
to protect the borescope and help to focus the image. A two
million pixel CCD camera (Sony XCDUI100) and a fiber
optic strobe (Excelitas X-1500) were used to take pictures of
droplets which were sent to the personal computer for
storage.

Calibration

Although the borescope system provided the pictures of
actual droplets, the focus distance between the lens of the
borescope and the actual droplets required calibration of
the system. For this, two sets of glass beads were used (20—
30 mesh and 250 pm). For reference, the particle-size dis-
tribution was measured by a laser scattering particle size
analyzer as the standard (HORIBA LA-950). The particle-
size distributions, suspended under water, were then meas-
ured by manually counting 200400 glass beads in many
pictures obtained using the borescope system. The results
from the two different methods were compared, as shown
in Figure 3, where it may be seen that the particle size dis-
tributions from the borescope were somewhat broader than
the actual size. This may be caused by counting particles
which are slightly out of focus and appear smaller when
they are far away from the sight glass. Despite this limita-
tion,?®3¢ the borescope system provides a good estimate of
the particle size distribution, hence is suitable for use in the
current study.
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Figure 3. The calibration of the borescope system with
glass beads (1: 250 um glass beads, 2: 20-30
mesh glass beads).

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

Experimental procedure

To measure the droplet size distribution, unreactive
2EHEL (2-ethylhexenal) was selected as the organic phase
because nBAL reacts in the aqueous NaOH solution under
the experimental conditions. After each experiment, gas
chromatography (GC) analysis conducted after taking pic-
tures confirmed that 2EHEL did not react in the NaOH solu-
tion. In fact, 2EHEL was prepared by aldol condensation of
nBAL and stored in a glass jar (2EHEL purity > 95%). For
the droplet size experiments, a mixture of 140 mL NaOH
solution and 60 mL 2EHEL was placed in the reactor, pres-
surized with nitrogen up to 1.5 barg to prevent azeotropic
boiling. After a minimum of 10 min. for each experimental
condition, 2040 pictures of droplets were taken, with most
drops appearing perfect spheres as shown in Figure 4. The
pictures were taken from the top and bottom positions of the
reactor to obtain average values for the entire vessel. A min-
imum of 200 drops for each position, totaling 400 drops,
were counted for each experimental condition. In general,
high rpm produced smaller droplets and their size at the top
position was somewhat larger than at the bottom, as shown
in Figure 5. This may be caused by droplet breakup near the
agitator and coalescence at the stator zone far from the agita-
tor, which conforms to literature reports for biphasic stirred
tanks.?” The possible disturbing effect of the borescope was
checked by computational fluid dynamics (CFD) technique,
as described in Appendix C. Because the borescope caused
less than 1% difference in the P/V (power per volume) of
the reactor, it was shown that the effect was negligible.
Thus, the preliminary tests demonstrated that the borescope
system was well suited for the droplet-size distribution study
to provide the interfacial area.

Measurements of the Sauter mean diameters

The Sauter mean diameters (dz;) were measured in the
range 25-110°C, 0-1.9 M Cnaon, and 600-1000 rpm. The
borescope system allowed measurements of the drop diame-
ters below 110°C while most prior studies reported in the lit-
erature were conducted near 25°C. Unfortunately, due to the
upper temperature limit of the borescope, it was not possible
to measure droplets in the higher 120-140°C region of the
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Figure 4. Drop pictures by the borescope system; a)
110°C, 1.9 M Cpnaon, 800 rpm; b) 25°C, 0 M
CNaQH, 600 rpm.

industrial operating condition. For all experiments, the ratio
of the dispersed phase was maintained at 0.3, similar to the
experimental conditions during reaction. As shown in Figure
6, all three variables of rpm, temperature and NaOH concen-
tration influence dz, measurements. As expected, the effect
of agitation power (rpm) was much larger than the others.
Interestingly, however, the effects of temperature and Cnaon
were also significant. The Sauter mean diameters of 2EHEL
in NaOH solution increased with temperature increase and
decreased with Cyn,on increase. The physical properties
including viscosity, density, and interfacial tension are
affected by temperature and NaOH concentration, which
consequently influence Sauter mean diameters. With temper-
ature increase, the viscosity correction term discussed in the
theory section increases, although viscosities for both the
dispersed phase and the continuous phase decrease. This is
because the viscosity for the continuous phase, using the cor-
relation from Laliberte,”® decreases more significantly than
for the dispersed phase due to the effect of temperature as
shown in Table 1. The increased viscosity correction term
results in larger d3,. Regarding the Weber number term only,
since the interfacial tension from Appendix B decreases
slightly with temperature increase, the Sauter mean diameter
should decrease slightly as well. However, the experimental
result is the opposite (Figure 6c). This implies that with
respect to the temperature change, the effect of the viscosity

0.8 A

06

0.4 -

Accumulated fraction

0.2 4

0.0 ~

0 200 400 600 800 1000
Droplet size (um)

Figure 5. Accumulated droplet size distributions at
110°C, 1.9 M Cpnaon; T-top, B-bottom; the
numbers in the legend denote agitator rom.

[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]
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correction term is larger than that of the interfacial tension.
Concerning the effect of increasing NaOH concentration, the
viscosity of the continuous phase increases and results in
smaller drops while the interfacial tension slightly increases
and results in larger drops, as shown in Table 2. Because the
observed d3, decreases with increasing NaOH concentration
(Figure 6c¢), ds; is affected more by the viscosity correction,
rather than the interfacial tension, similar to the effect of
temperature. Thus, the viscosity correction term is necessary
to explain the effects of temperature and NaOH, and cannot
be ignored.

Estimation of the Sauter mean diameter using
correlations

To develop an accurate reactor model, it is necessary to
build an estimation model for the Sauter mean diameter. In
this study, with 3 — 7 X 10* impeller Reynolds number, the
biphasic system was in turbulence. In addition, the measured
d3, was much larger than the Kolmogoroff’s length scale
n=20-50um, calculated with the averaged turbulent dissipa-
tion rate. Further, with 0.3-1.1 cP p,, drops in this system
may be regarded as inviscid. Under these conditions, there
are several available correlations obtained from measure-
ments with various chemical systems, measurement methods
and operating conditions. Among these, correlations with 0.3
or similar fraction of the dispersed phase were
selected?*?*23333942 and evaluated with the measurement
data of this study as shown in Figure 7 and Table 3.
Remarkably, the role of the viscosity correction term was
important based on the R? values from correlations with and
without the viscosity correction term, which were ~60% and
30-36%, respectively, as discussed in the previous section.
However, because even ~60% R? is not enough accuracy,
and particularly to account for the effects of temperature and
NaOH, a new correlation based on Eq. 19 was developed by
fitting with the measurements of this study (Figure 6)

0.94
s iy =0.207 % We ™05 (@> (20)

C

The exponent of the Weber number for the full dataset
was —0.53, which is slightly larger than —0.6 and may arise
in relatively larger dispersed-phase fraction systems due to
the complex breakage mechanism, as studied by Desnoyer
et al.*> The exponent of the viscosity correction term was
0.94, which is larger than 0.25-0.44 in prior studies®*
where the correction term was used solely for different
chemical species.

Equation 20 was compared with prior works by Godfrey
et al.*> and Santiago and Trambouze,* which are representa-
tive of correlations with and without the viscosity correction
term, respectively, as shown in Figure 8. The latter did not
follow the trend with the temperature and NaOH concentra-
tion because it did not include a viscosity correction term,
while the former showed a relatively better result owing to
its viscosity correction term. The correlation developed in
this work (Eq. 20) showed the best fit with the experimental
data obtained from various temperatures and NaOH concen-
trations. The R? of this correlation was 89.5%, sufficiently
accurate for the reactor modeling, as compared to 31-62%
R? for the other correlations shown in Table 3. As shown in
Figure 7, Eq. 20 is accurate within £15% range and may be
used for modeling the biphasic stirred tank reactor for nBAL
aldol condensation.
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[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

Biphasic Stirred Tank Reactor for nBAL Aldol
Condensation

With the interfacial area investigated in the previous sec-
tion, the biphasic stirred tank reactor for nBAL aldol con-
densation was studied both by experiments and modeling.
The effect of the interfacial area estimation on predictions of
the overall reactor model was evaluated.

Experimental setup

The reaction experiments were carried out in a 300 mL
stirred tank reactor system, shown in Figure 9. The reactor,
including the agitator, was the same used in the previous
section. The reactor had a thermocouple, a heating jacket for
external heating and a cooling coil inside the reactor to con-
trol the reaction temperature. The injector was used to pre-
heat nBAL before the reaction and to inject nBAL into the
reactor through a nozzle to initiate the reaction. Heating tape
with a temperature controller was used for preheating the
injector, while pressurized nitrogen was used for injection
and initial venting. To stabilize the drop distribution of the
organic phase as rapidly as possible, the injection nozzle
was located near the agitator and modified to create a spray

Table 1. Temperature-Dependent Viscosities and Interfacial
Tension for the Dispersed and Continuous Phases at 1.9 M

when nBAL was injected. For sampling, 1/8” OD stainless
steel tube and 1/16” OD copper tube were used inside the
reactor vessel and for the condenser, respectively. The cop-
per tube was dipped inside an ice water bath condenser, to
quench the samples. The total volume of sampling tubes was
about 0.08 mL, which was about 4% of a 2 mL sample
volume.

The organic phase samples were analyzed by GC (HP
5890 II) equipped with an Agilent DB-WAXetr capillary col-
umn (50 m X 0.32 mm) and flame ionization detector under
the following conditions: helium as carrier gas (2.6 mL/min),
inlet and detector temperatures 250°C, oven temperature
from 80 to 220°C and injection volume 0.5 pL with split.
Acetonitrile (Sigma-Aldrich, >99.9%) was selected as the
internal standard. Normal-butyraldehyde (nBAL, Sigma-
Aldrich, >99%) and 2-ethyl-2-hexenal (2EHEL, Sigma-
Aldrich, > 93%) were used for calibration of the GC. The R?
values of all GC calibrations were 99.6%.

The experiments started with preparation of NaOH solu-
tion. The NaOH solution (50% in water, Sigma-Aldrich) was
diluted with deionized water to obtain specific concentra-
tions, which were confirmed by pH meter (OMEGA PHB-
209). The ratio of nBAL to NaOH solution was 0.3, similar
to the industrial operating condition. 140 mL of NaOH solu-
tion and 60 mL of nBAL were prepared in the reactor vessel

CNaOH Table 2. Viscosities and Interfacial Tension for Dispersed
and the Continuous Phases at 70°C
T (°C) Ha He JIRYITS o
25 1.06 131 0.80 235 Crvaon Ha Ke Halke 7
70 0.65 0.56 1.16 21.7 0 0.65 0.40 1.61 20.6
90 0.55 0.43 1.27 20.8 1.14 0.65 0.47 1.39 21.3
110 0.47 0.35 1.35 19.8 1.9 0.65 0.56 1.16 21.7
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and injector, respectively. After preheating both to the target
temperature, nBAL was injected into the reactor in less than
2 s by 200 psig Nitrogen. The reactor was operated at 140-
200 psig pressure to prevent azeotropic boiling between
nBAL and water during injection of nBAL and initiation of
the reaction. The reactor temperature was controlled with-
in = 2°C by a PID controller. Four liquid samples were taken
after 10 or 20 s at 10 s intervals. The removed samples were
stabilized for 0.5—-1 min to separate the organic and aqueous
phases. The separated organic phase was collected using a
3 mL disposable syringe, and analyzed by GC. The repeat-
ability error for each concentration point was less than 5%.
The mass balance was checked after each experiment and
the error was always less than 1%.

Preliminary studies

The solubilities of nBAL and 2EHEL in the NaOH solu-
tion may change when samples are transferred from the reac-
tor at high temperature to a stabilized condition at room
temperature. To evaluate this effect, the error between the
two conditions was calculated with the UNIQUAC activity
model.*? The predicted error between them was less than
3.3% for the organic phase fraction 0.3, indicating that the
effect was negligible.

From Eq. 12, the overall reaction order of nBAL should be
first order, as described in the Theory section. This was con-
firmed by the linear relation of In CppaL o With time accord-
ing to Eq. 15 for a range of conditions, as shown in Figure 10.

As noted previously, the industrial operating temperature
for this reaction is 80—140°C.'® In our prior study, the intrin-
sic kinetics were obtained over 110-150°C due to Hatta

number restrictions.'? Therefore, two design of experiment
(DOEs) were prepared to verify the biphasic reactor model,
as described by Eq. 12. One (DOE 1) was designed by the
inscribed central composite method** over 80-140°C, 0.05—
2.0 M Cnaon, and 600-1000 rpm to cover the full industrial
operation range. The range of the other (DOE 2) was 110—
130°C, 0.76-1.52 M Cnaon, and 700900 rpm, selected as
being in the narrow Kkinetic experimental range using the
Box-Behnken design.** DOE 1 and 2 were composed of 20
and 15 cases, including six and three repeats of the central
points, respectively.

Experimental results and evaluation of the reactor
model

Experiments for the two DOE sets were carried out in the
300 mL stirred tank reactor. Both sets were confirmed as
statistically reliable using MINITAB with 2.8% and 3.4%
repeatability error for the central points of DOE 1 and 2,
respectively. The experiments where the total conversion
ranges were less than 20% were excluded. These cases,
when the reaction rate is too fast or too slow for the operat-
ing conditions of temperature, Cn,oy Or rpm, can lead to
large experimental errors because the extracted data from
experiments is the slope of concentrations from successive
samples. Following this criterion, 27 points were used to
evaluate the model, while eight points were excluded. Most
of the excluded points were obtained at greater than 80%
nBAL conversion (below 2 M of Cygar at 10 s) under high
temperature and high rpm. The overall reaction constants
(koyeranr) Were obtained from C,gar values of each experi-
ment by Eq. 15 and used to verify the koyeran Vvalues

Table 3. Summary of the Correlations Used in Figure 7

Reference Measurement Method Dispersed Phase Hold Up, €4, d3> (mm) NGE™h R* (%)
Godfrey et al., 1989 Photography 0.1-0.5 0-0.3 7-9 61.7
Calderbank, 1958 Light transmittance 0-0.2 0.05-0.32 57.0
Santiago and Trambouze, 1971 Chemical 15-30 31.7
Quadros and Baptista, 2003 Chemical 0.061-0.166 0.01-0.2 5-25 31.9
Woezik and Westerterp, 2000 Chemical 0-0.3 0.03-0.15 15-25 31.9
Brooks and Richmond, 1994 Photography 0.1-0.5 0-0.4 31.7
Singh et al., 2008 Photography (offline) 0.2-0.5 0.4 1.7-2.5 36.1
Mlynek and Resnick, 1972 Photography (In situ) 0.025-0.34 0.14-0.46 2.3-8.3 31.9
Desnoyer et al., 2003; slow coalescence Laser granulometer 0.1-0.6 0.15-0.35 10.2-15 31.9
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estimated from Eq. 13. The average differences in overall
reaction rates between the experimental and predicted values
were 10% and 4%, for DOE 1 and 2, respectively. All estima-
tions for DOE 1 and 2 were in *=15% error range as shown
in Figure 1la. The average estimation error for DOE 2 was
lower than that for DOE 1 because DOE 2 is within the
experimental conditions for the intrinsic reaction kinetics in
our prior work.'? The results of DOE1 demonstrate that the
intrinsic kinetics from 110-150°C can be extrapolated down

Q

R @ Sample
Organic
—> frr
hase of
P 5\ analysis
Aqueous ooo 3
phase

Figure 9. Schematic diagram of the biphasic stirred
tank for nBAL aldol condensation. (1: stirred
tank reactor, 2: injector, 3: condenser, PI:
pressure indicator, TIC: temperature indica-
tor / controller.)
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to 80°C and also that the film model, combining the intrinsic
kinetics from the stirred cell and the interfacial area correla-
tion from the borescope system without any adjustable param-
eters, is applicable for the entire industrial operating range.

To evaluate the effect of the interfacial area estimation on
the accuracy of the reactor model, the predicted results were
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Figure 10. Confirmation of first-order reaction through
In C.,gaL as a function of time. 1: 110°C,
1.08 M Cpnaons 600 rpm; 2: 110°C, 1.03 M
CNaOH; 800 rpm; 3: 120°C, 152 M cNaOH!
700 rpm; 4: 120°C, 0.76 M Cpaons 900 rpm;
5: 92°C, 1.60 M Cpnaon, 919 rpm

[Color figure can be viewed in the online issue, which
is available at wileyonlinelibrary.com.]
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[Color figure can be viewed in the online issue, which
is available at wileyonlinelibrary.com.]

compared with estimations from different literature interfa-
cial area correlations, using the same reactor model, as
shown in Figure 11b. It may be seen that the interfacial area
correlation has a significant impact on the estimation accu-
racy of the reactor model. It is seen once again that the
interfacial area correlation developed in this work (Eq. 20) is
more appropriate to describe reactor performance than prior
correlations available in the literature.

Although the developed interfacial area correlation was
optimized for the biphasic nBAL aldol condensation in the
industrial operating range, the estimation error of interfacial
areas was around *15%, as described in the Interfacial Area
section. Since the estimation error of the interfacial area
directly affects the accuracy of the reaction rate estimation,
the reaction rate predictions should be better with the reactor
model combined with d;;, measurement data directly from
the borescope system, not through the correlation. To con-
firm this, 11 additional reaction experiments were conducted
under the same operating conditions along with 11 interfacial
area measurements obtained with no reaction (see Experi-
mental Procedure of Interfacial Area section). The range of
the experiments was 90-110°C, 1.14-1.9 M Cnaon, and
600-1000 rpm. As shown in Figure 12, the estimation error
of the reactor model using the direct d3, measurements was
within =8%, which is significantly lower than the =15% error
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range for DOE 1 and 2, as shown in Figure 1la, when the
developed correlation was used. The predictions of the model
using the correlation were compared with estimations of the
reactor model using d3, measurements, as shown in Table 4
where R* values were 97.3% and 98.5%, respectively. Alterna-
tively, these can be expressed as 2.7% and 1.5% R? errors,
respectively. The standard deviation of the rate prediction
errors was 5.0% and 3.3% for reactor models with d3, estima-
tions and d3, measurements, respectively. From both evalua-
tions, it is apparent that the errors of the reactor model
predictions using ds3, estimations were nearly double those
using d;, measurements. This shows that the effect of the d5,
estimation error is significant on the biphasic reactor model for
nBAL aldol condensation, suggesting that the modeling accu-
racy may be improved with more effective ds, estimations.

Concluding Remarks

Experimental and modeling studies of nBAL aldol con-
densation in a 300 mL biphasic stirred tank were conducted
to estimate the overall reaction rate under industrial operat-
ing conditions in the intermediate reaction regime, account-
ing for the interfacial area, mass transfer in both phases, as
well as the intrinsic reaction kinetics.

Table 4. kyyeran from Experiments, the Models Using d3;
Estimations and d3, Measurements

knverall (57 1)
Crnaon  RPM dzs d3s
Temp °C M min ! Experiment estimation measurement
110 1.90 800 0.064 0.065 0.065
110 1.90 900 0.075 0.075 0.078
110 1.90 1000 0.090 0.086 0.089
110 1.90 700 0.053 0.055 0.055
110 1.90 600 0.042 0.045 0.043
110 1.14 800 0.068 0.067 0.073
90 1.14 800 0.047 0.046 0.048
90 1.90 800 0.048 0.044 0.047
90 1.90 1000 0.060 0.058 0.062
90 1.90 700 0.042 0.037 0.041
90 1.90 900 0.053 0.051 0.054
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The interfacial area for reactor modeling was obtained using
the experimental measurements and semiempirical correlation
for the Sauter mean diameter. The borescope system as a phys-
ical and in situ measurement technique was used to obtain the
data under 25-110°C, 0-1.9 M Cnaon, and 600-1000 rpm at
0.3 of the organic phase ratio. The measurements showed that
the effects of temperature and Cyn,op on the interfacial area
were significant in the biphasic system of 2EHEL and NaOH
solution. To consider these, the semiempirical correlation was
modified with a viscosity correction term and its empirical
parameters were determined using the measurement data. The
predictions of the developed correlation were significantly bet-
ter than those of other correlations available in the literature.

The biphasic reactor model was developed based on inter-
facial area and the intrinsic reaction kinetics. The model was
successfully verified with the reaction experimental results
through two different DOE sets at 80-140°C, 0.05-2.0 M
Cnaons and 600-1000 rpm. The comparison of the experi-
mental results with the biphasic reactor model predictions
directly using the interfacial area measurements showed that
the model accuracy was significantly improved.

This study shows that the film model, considering film
resistance in the organic phase and reactions in both the aque-
ous film and the bulk region of the aqueous phase, success-
fully estimates the biphasic stirred tank reactor performance
for nBAL aldol condensation in the intermediate reaction
regime. This work is expected to be helpful for design and
optimization of biphasic reactors for other applications.
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Notation
a = effective interfacial area, mz/m3
C,C;,Cij = molar concentration of component i in phase j or region,
kmol/m3
Cp = drag coefficient (1 for cube, 0.47 for sphere)

C?, C7; = initial molar concentration of component / in phase j at =0,
kmol/m’
D = diffusivity of nBAL into the aqueous phase, m>/s

D;; = diffusivity of component i in phase j, m7/s

d, d; = drop diameter, m
. Z nid;
djp = mean diameter, m, L&— .
i
dz, = Sauter mean diameter, m, Z—"d;
dimp = Impeller diameter, m 2
g = the acceleration of gravity, m/s*
Ji; = molar flux of component i , kmol/m>.s
k = reaction rate constant, s
ki = mass-transfer coefficient of aqueous phase, m/s
k. ; = mass-transfer coefficient of phase 7, m/s
kgveran = overall reaction rate constant, st ,
Kyveran = OVerall reaction rate constant, m*/s, &, ,,,.u=Vorgkoverai

m = distribution coefficient of nBAL between organic phase and
NaOH solution

n = agitation speed, /s
n; = number of droplets
P = agitation power, J/s
Roveran = overall reaction rate, kmol/s

R; = resistance of Intrinsic reaction rate of component i, kmol/
m’.s
T = temperature, K
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t= time, s
u; = terminal velocity, m/s
Vi = volume of phase i, m’
w; = mass fraction of component i
x = distance from interface in aqueous phase, m

Greek symbols

o = film thickness 0=D/k;, m

& = volume fraction of phase i

n = Kolmogoroff’s length scale with averaged turbulent dissipation
rate n=P/Vp., m

;= viscosity of component i or phase i, mN.s/m>

p; = density of component i or phase i, kg/m®

o, ¢; = interfacial tension between components i, j or i, j phases, mN/

m

o; = surface tension of component i, mN/m

® = interaction parameter

Dimensionless groups

Ha = Hatta number %

Po = Power number —2—
pinidy,

Re = Reynolds number d’—f”"
Reimp = Impeller Reynol)clgZ cpumber

imp

We = Weber number “T
Subscripts and superscripts

2
iy
i

* = value on interface (x=0)
aq = aqueous phase
bulk = bulk region of aqueous phase
¢ = continuous phase
d = dispersed phase
film = film region of aqueous phase
org = organic phase
t = total reaction system (dispersed phase + aqueous phase)
w = water
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@), is an interaction parameter which can be obtained from
dipole moments using the figure available in Good and Elbing,>
and the dipole moments for nBAL and 2EHEL obtained from
Yaws,”' the interaction parameter averaged for nBAL and
2EHEL was 0.85.

The continuous aqueous phase in this study contains signifi-
cant amounts of NaOH which affect the surface tension of
water. Dutcher et al.’* provide a correlation to estimate the sur-
face tension of inorganic multicomponent aqueous electrolyte
solutions, including NaOH, which leads to Eq. B2

Oaq=0w +XNaOH (aws + bWST)

- {ays=69.691, by =0 for NaOH} (B2)
647.15—T\ * 647.15—T

Xnaon 1S the mole fraction of NaOH in the aqueous phase.
The estimation error for the surface tension of NaOH solution
was reported to be 1.3%. The surface tension of water g, was
obtained from Vargaftik et al.>* For the surface tension of the
organic phase, surface tensions of nBAL and 2EHEL were
obtained from Yaws’' and were averaged with their mass frac-
tions as described by Eq. B3

T

1222,
%) s O2EHEL

Gorg= Y WiGs; OupaL=69.216(1—
i (B3)

1.222
—69.991(1—
69.991(1— )

Appendix C: 3-D-CFD Study for P/V and the Dis-
turbance by the Borescope

A three-dimensional (3-D) CFD technique using ANSYS
FLUENT 14.5>* was employed to check the disturbance by the
borescope and to calculate the P/V (power per volume) of the
300 mL stirred tank for calculation of the continuous phase
mass-transfer coefficient.

The flow disturbance by the borescope was checked through
calculating the change of P/V by inserting the borescope inside
the reactor. For this purpose, two meshes for the 300 mL stirred
tank were prepared for the cases with or without the borescope
using GAMBIT 2.4.6. Several possible cases could be evaluated
because the borescope was located at the top and bottom posi-
tions and two different sized sight tubes (1/8” and 3/16”) were
also used. Among these, the bottom position with the larger 3/
16" sight tube was meshed (Figure C1) because it was expected
to provide the largest effect on the reactor hydrodynamics.

The mesh was primarily hexahedral but tetrahedral mesh was
also used around some parts of the cooling tube. The total mesh
number was 306,160/306,856 with or without the borescope,
respectively. The models used for the CFD study were RANS
(Reynolds Averaged Navior Stokes), standard k-¢ with standard
wall function for turbulence, MRF (multiple reference frame)
for impeller, Euler—Eulerian for multiphase model and continu-
ity equation.”* The calculations were made for the same values
as in the experimental study; organic phase: 60 mL, aqueous
phase: 140 mL.

Using the CFD technique, the momentum around the agitator
was evaluated, and then the power was calculated (Table C1).

Figure C2. The mesh inside the 300 mL stirred tank
reactor: the borescope (1), the agitator (2),
the sample tube (3), injection nozzle (4),
thermo couple (5) and the cooling tube (6).

Table C1. Comparison of P/V (W/m>) with or Without the

Borescope
rpm with without
(min~ ") borescope borescope difference
600 279 276 0.8%
1000 1289 1278 0.9%

Table C2. Conversion of Agitation Speed to P/V

rpm (min~ ") P/V (W/m?)
600 279
700 431
800 638
900 901
1000 1289

The agitation power with the borescope was slightly increased
but, the difference with cases without the borescope was <1%.
This implies that the effect of the borescope on the hydrody-
namics in the reactor is negligible. This may be because there
were various tubes in the reactor for sampling, injection, cool-
ing, etc., which already served as baffles. Therefore, the bore-
scope, with similar diameter as the other tubes, did not
significantly affect the hydrodynamics.

For the calculation of the continuous phase mass-transfer
coefficient, P/V as a function of rpm was calculated by the 3-D-
CFD model as shown in Table C2.

Through the simulations, the power number, Po was about
1.22 under all operating conditions for the agitator used in the
stirred tank.
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